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Abstract
Water scrubbing is the most widely used technology for removing CO2 from biogas
and landfill gas. This work developed a rate-based mass transfer model of the CO2-
water system for upgrading biogas in a packed bed absorption column. The simulated
results showed good agreement with both a pilot-scale plant operating at 10 bar, and
a large-scale biogas upgrading plant operating at atmospheric pressure. The calcu-
lated energy requirement for the absorption column to upgrade biogas to 98% CH4
(0.23 kWh Nm 3, or 4.2 % of the input biogas) is a significantly closer approxima-
tion to the measured value (0.26 kWh Nm 3, or 4.8 % of the input biogas) than has
previously been reported in the literature. The model allows for improved design of
CO2 capture and biogas upgrading operations, and can also be a useful tool for more
detailed cost-benefit analysis of the technology.
Nomenclature
a Interfacial area m2 m 3
A Cross sectional area m2
ap Packing surface area m2 m 3
aw Wetted surface area m2 m 3
CG Gas phase constant
CL Liquid phase constant
CPK Packing specific constant
c Molar concentration mol m 3
dH Hydraulic diameter m
dp Particle diameter (defined as 6(1  ✏)/ap) m
D Di↵usion coe cient m2 s 1
g Acceleration of gravity m s 2
G Superficial mass velocity of gas kg m 2 s 1
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h hold-up m3 m 3
H Liquid head m
HG Henry’s Constant kPa
k Mass transfer coe cient s 1
K Overall mass transfer coe cient s 1
L Superficial mass velocity of liquid kg m 2 s 1
n Number of compression stages
N Mass transfer flux mol s 1
P Power kW
p Pressure kPa
Q Flow rate m3 s 1
R Gas constant J K 1 mol 1
t time s
T Temperature K
u Superficial velocity m s 1
y Gaseous mole fraction
z Column height
Dimensionless Numbers
FrL Froude number
apL2
g⇢2L
Sc Schmidt number ⌫D
ReL Reynolds number
⇢LuLdH
µL
or ⇢LuLawµL
WeL Weber number
L2
⇢L Lap
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Greek Letters
✏ Void fraction (m3 m 3)
⌘ E ciency
µ Dynamic viscosity (kg m 1 s 1)
⌫ Kinematic viscosity (m2 s 1)
⇢ Density (kg m 3)
  Surface tension (kg s 1)
 c Critical surface tension of packing material (kg s 1)
⇠ Performance index
  Specific heat
  Enhancement factor for turbulent di↵usion
 p Form factor
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Subscripts (where otherwise not defined)
1 Input
2 Output
ATM Atmospheric pressure head
C Compressor
COL Column pressure head
COOL Coolant
D Dynamic pressure head
e Enriched biogas (from equation 10)
eq Concentration in equilbirum with partial pressure
G Gas phase
L Liquid phase\Liquid pumping
mol Molar
P Pump
r Raw biogas (from equation 10)
S Static pressure head
T Total
w Water
Introduction
Removal of CO2 from gas streams is an important process both as a potential step in green-
house gas sequestration, and for upgrading biogas. Biogas is produced from the anaerobic
digestion of organic waste material and is mainly composed of CO2 (typically 35 - 45 %) and
CH4 (typically 55 - 65 %) with smaller proportions of H2S, water vapour and other trace
compounds. This biogas can be combusted directly on site in a boiler or a combined heat
and power (CHP) unit. If the electricity and/or heat produced exceeds on-site requirements,
however, an alternative option is to upgrade and export the biogas for use where needed.
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The upgrading process produces biomethane, with comparable properties to natural gas,
and involves removal of the non-combustible fractions to increase the calorific value of the
gas. This can enable the upgraded biogas to meet the standards for injection into a natural
gas grid, or for use as a vehicle fuel replacing compressed natural gas (CNG). This is a
particularly attractive option in situations where there is insu cient local demand for the
heat produced from a CHP plant, making upgrading the most e cient option in terms of
overall energy balance.1
Several countries have set their own biomethane standards for use in the gas grid or as a
vehicle fuel. Switzerland and Sweden require a 96% and 97 % CH4 content, respectively.2
The European Committee for Standardisation is currently working to produce a European
standard on biomethane. Typically a CH4 concentration of over 95 % is required for ve-
hicle or gas grid use. To achieve this a signficant portion of CO2 from biogas needs to be
removed. Di↵erent methods are currently employed to achieve this, including pressure swing
adsorption, cryogenic, chemical absorption and membrane techniques.3 Currently the most
widely-used method in the biogas industry is the water absorption process.4 This procedure
mixes water and biogas, counter-currently, usually under pressure in a packed column to
maximise the gas-liquid contact area. CO2 is more readily absorbed in water than CH4, so
in the absorption column more of the CO2 is removed from the gas stream, increasing the
CH4 concentration in the biogas. At 273 K CO2 has a molar concentration approximately
29 times greater than CH4, although this ratio reduces with temperature to approximately
23:1 at 303oK. The solubilities of both CO2 and CH4 increase with a reduction in temper-
ature.
Depending on the substrate and operating conditions used in the anaerobic digestion process,
other compounds such as H2S and N2 may be present in the biogas; and some of these may
need to be removed before or during CO2 removal. An advantage of the water absorption
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process is that it can also be used to remove low concentrations of H2S.4 Di culties can
arise, however, if a desorption step is employed to regenerate the water for recirculation
back into the absorption column. The desorption step requires mixing with air, and high
concentrations of H2S will oxidise into H2SO4, which can lead to corrosion problems. In
this case a pre-treatment step can remove H2S prior to upgrading. For the purposes of this
model only CH4 and CO2 have been considered and the presence of H2S has been assumed
to be negligible.
There is a lack of published work investigating the energy requirements of the CO2 water
scrubbing process. A life cycle assessment from Berglund and Bo¨rjesson 5 on the anaerobic
digestion of di↵erent feedstocks included an energy analysis of biogas upgrading. It was
estimated that 11 % of the energy content of the produced biogas is used to meet the energy
demands of the upgrading process, although no reference is made to the type of process
used. Smyth et al. 6 investigated the energy balance of biomethane from anaerobic diges-
tion of grasses, and used a range of 0.3 - 0.6 kWh Nm 3 for the energy requirement of gas
scrubbing; but no further detail on the scrubbing process is included. A life cycle assessment
from Jury et al. 7 provides more detail, estimating 3 % of the energy content in the upgraded
biogas is required when the water scrubbing process is operated at 8 bar. The Swedish Gas
Centre conducted reviews of operational biogas upgrading plants in 20038 and 2013.4 The
original study from Persson 8 found the energy consumption for water scrubbing plants was
between 0.3  0.6 kWh Nm 3 (output biomethane), corresponding to 3  6 % of the energy
content of the upgraded biomethane. The more recent study from Bauer et al. 4 compared
the energy requirements of the di↵erent biogas upgrading techniques. It found that water
scrubbing had similar energy requirements to the pressure swing adsorption method, requir-
ing approximately 0.2   0.3 kWh Nm 3 (input biogas). The literature values show some
disagreement, with many of the reported values quoted in di↵erent terms and under di↵erent
operational conditions. This work aimed to model the absorption column used in the water
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scrubbing procedure to allow detailed analysis of the energy requirements of the process
under di↵erent operational conditions.
Optimisation of the biogas upgrading process is necessary to reduce the energy consumption
and operational costs of the upgrading plant. Over the last few decades there has been
extensive research on gas liquid mass transfer in packed beds. Dozens of correlations for the
mass transfer coe cient have been proposed for these and similar systems. A recent review
and comparison of the mass transfer coe cients for random and structured packings is given
by Wang et al. 9
There has also been much work on the hydrodynamics of packed bed columns, with studies
by Hiby 10 and more recently Therning and Rasmuson 11 who conducted experiments showing
the poor radial mixing and inaccuracy of the axial dispersion model to describe packed bed
reactors.
Recently published studies modeling biogas upgrading, such as Gabrielsen et al.,12 have fo-
cused on chemical absorption techniques. There is also interest in this technique for the
removal of CO2 from flue gas (Yeh et al. 13 and Rao and Rubin 14). Experimental inves-
tigations on the e ciency of the water absorption process for upgrading landfill gas were
conducted by Rasi et al. 15 This work compared di↵erent operational pressures as well as gas
and liquid flow rates in the absorption column. There is currently a lack of reported studies,
however, on modeling of the water absorption technique for the scrubbing of CO2 from flue
gas or biogas.
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Methodology
Mass Transfer Model
A mass transfer rate-based model was developed to calculate the mass transfer of CO2 and
CH4 from biogas into water in a packed bed absorption column. This model uses a one di-
mensional finite di↵erence approach to calculate the concentration at di↵erent points along
the column. Figure 1 shows a representation of the counter-current finite di↵erence approxi-
mation used, over a di↵erence in column height  z. The flow rates are in terms of the biogas
(QG) and water (QL). While the concentrations are divided into the gaseous and aqueous
concentrations of CO2 and CH4, shown by [CO2(G)], [CO2(AQ)] and [CH4(G)], [CH4(AQ)], re-
spectively. Similarly the mass transfer for CO2 and CH4 in the gas and liquid phases were
calculated separately for each finite di↵erence, with the assumed input concentration of bio-
gas containing 40 % CO2 and 60 % CH4.
Figure 1: Di↵erential element of absorption column. With z the position along the absorption
column;  z the height of the finite element, the gaseous and aqueous flow rates are shown by
QG and QL, respectively, the concentrations for CO2 in the gaseous and aqueous phase are
shown by [CO2(G)], [CO2(AQ)], and similarly for CH4 by [CH4(G)], [CH4(AQ)], respectively.
A plug flow model was assumed for the liquid and gas phases since the dispersion from
turbulence and di↵usion is expected to be low, as shown by Hiby 10 and Therning and Ras-
muson.11 Equation 1 illustrates the steady state version of the model, with the accumulation
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of the mass over time equal to zero. The flow rate from figure 1 is given by the product of
the cross sectional area (A) and velocity (u).
A
@c
@t
= 0 =  A@c(u)
@z
 N (1)
The mass transfer flux (N) between the gas and liquid phases can be calculated from the
overall mass transfer coe cient (K), the interfacial area (a) and the concentration driving
force, as shown by equation 2. For the liquid side mass transfer the concentration driving
force is defined as the di↵erence between the concentration in the bulk phase of the liquid (c)
and the dissolved concentration in equilibrium with the bulk phase of the gas (ceq), which
can be calculated using Henrys law.20
N = Ka(c  ceq) (2)
This equation was applied to the gas and liquid phases of the CO2 and CH4 in the column
using a forward finite di↵erence to approximate the solution to equation 1. The liquid ve-
locity (uL) was assumed constant over the column height (z).
The overall mass transfer coe cient (K) can be calculated with the mass transfer resistance
through both the gas (1/kGHG) and liquid films (1/kL), as shown in equation 3 where HG
is the Henry’s law constant. For both CO2 and CH4 the liquid side mass transfer resistance
is dominant over the gas side mass transfer resistance.
1
K
=
1
kGHG
+
1
kL
(3)
Many equations have been proposed to calculate the mass transfer coe cients for gas and
liquid phases. Hottel et al. 21 and Wang et al. 9 list some of these for packed absorption
columns. Equations suggested by Onda et al.,16 Billet and Schultes,17 Wagner et al. 18 and
Mac´kowiak 19 (shown in Table 1 along with equations for the e↵ective interfacial area) were
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used in this work. These four equations for the mass transfer coe cient are all based on
Higbie’s penetration theory, with the liquid side mass transfer coe cient proportional to the
square root of the di↵usivity. The correlation from Onda et al. was developed from literature
data covering a range of liquids and experimental conditions. This remains one of the most
widely used and successful expressions for the mass transfer coe cient in packed beds, al-
though it may prove out of date for modern packing types. The more recent correlation from
Billet and Schultes has been designed for counter-current absorption columns, but should be
applicable to both random and structured packings; whereas the work from Wagner et al.
is based on modern high e ciency random packings. The underlying hydrodynamics from
Wagner et al. are based on work from Stichlmair et al.,22 which applies the theory of flu-
idized beds to packed beds. The resulting correlations for the liquid hold-up and pressure
drop from Stichlmair et al. include packing constants which were derived from experimental
results. The most recent correlation proposed by Mac´kowiak uses a hydrodynamic model
based on flow through channels and the Darcy-Weisbach equation for flow in pipes. This
correlation is more suited to simpler packing types which are cylindrical or spherical in shape.
The pressure drop is also an important consideration in packed beds. For the gaseous phase
the Ergun equation23 was used to calculate the hydrodynamic pressure drop throughout the
packed bed. The changes in the gas composition and mass as it passes through the column
are considered in the model, although advection induced by the pressure drop is not taken
into account. The largest contribution to the pressure drop, however, will be from the mass
transfer of CO2 from the gas phase which is absorbed into the liquid phase.
The Peng and Robinson equation of state has been incorporated into the model to take
account of the departure from ideal gas behaviour at higher pressures. The constants and
mixing rules for the CO2 and CH4 in biogas were taken from Peng and Robinson.24
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Energy Analysis
The main energy requirements of the water scrubbing process, as highlighted by Bauer
et al.,4 are from pumping water (PP ), compressing biogas (PC) and cooling the compressed
gas (PCOOL). In this work the total power requirement (PT ) from these three processes has
been calculated to analyse the overall energy requirement, as shown in equation 4.
PT = PP + PC + PCOOL (4)
The power requirement for pumping water (PP ) was calculated from the water density (⇢L),
gravitational acceleration (g) and liquid flow rate (QL) shown in equation 5. In this case,
the mechanical e ciency of the pump (⌘P ) was assumed to be 60 %.
PP
⌘P
= ⇢LgQLHT (5)
The total pressure head (HT ) was calculated as the sum of the pressure di↵erence (HCOL  
HATM), and the static (HS) and dynamic (HD) head as shown by equation 6. The static head
was taken as the height of the absorption column, while the dynamic head was calculated
from the Darcy Weisbach equation. Table 2 lists the assumed values used to calculate the
dynamic head loss, with the Colebrook White equation used to calculate the friction factor.
The pressure di↵erence was taken as that between the atmospheric pressure and the pressure
in the column; all pressure heads were expressed in m.
HT = HS +HD + (HCOL  HATM) (6)
To estimate the power requirement of the compressor, isentropic compression was assumed
(equation 7). The number of compression stages (n) was set based on the input and output
pressure (p1 and p2, respectively), with an assumed maximum compression ratio of 4.3. The
calculated pressure ratio was taken to be equal for each of the compression stages. The heat
12
capacity ratio of biogas ( ) was calculated from the heat capacity at constant pressure and
at constant volume of CH4 and CO2, depending on their respective concentrations in the
biogas.
PC
⌘C
= np1QG
✓
p2
p1
◆✓
 
    1
◆✓
p2
p1
(   1n  )   1
◆
(7)
The heat capacity values were taken from Poling et al. 20 An isentropic e ciency of 75 % was
assumed for the gas compression, while the mechanical e ciency, which takes into account
losses from the seals and valves in the compressor, was assumed to be 80 %.
Inter-cooling between the compression stages is required to reduce the high temperatures
generated during compression: this was assumed to reduce the temperature of the compressed
biogas to 10 K above ambient temperature. The temperature (T2) after compression was
calculated from equation 8, where the subscripts 1 and 2 denote the input and output,
respectively. The flow rate of coolant (QCOOL) required to cool the gas by a temperature
di↵erence T2   T1 was calculated using the gas density (⇢G) and specific heat of the gas
(cPG) with water as the coolant. The flow rate of water required in the heat exchanger
was calculated from equation 9. The power requirement for cooling the biogas was then
calculated from equation 5 using the flow rate of the coolant.
T2 = T1
✓
p2
p1
◆(   1  )
(8)
QCOOL =
QG⇢G G (TG2   TG1)
⇢L L (TL2   TL1) (9)
To reduce the quantity of CH4 dissolved in the water a flash tank can be used downstream of
the absorption column, to drop the pressure and encourage desorption of CH4. During this
process a proportion of the dissolved CO2 is also released, but the technique can drastically
cut overall CH4 losses from the system. In this work the flash tank was assumed to operate
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at 2 bar and its performance was estimated by assuming equilibrium conditions. The energy
inputs from the flash tank operation include the water pumping, and gas compression of the
recaptured CH4 and CO2 to re-enter the absorption column.
The water from the absorption column can be regenerated by stripping the remaining dis-
solved CO2 in a desorption column. This operates at low or atmospheric pressures and
involves a counter-current air flow through random packing to maximise the contact surface
area. The liquid flow rate is the same as that pumped through the absorption column; how-
ever, it is assumed that the desorption column operates under atmospheric pressure. The
energy analysis includes the power requirement for the air blower and the water pump for
the desorption step.
A 0.25 kW baseline power consumption for the control of valves and equipment was recorded
during the pilot plant operation,25 and this was therefore added to the simulated energy de-
mand.
Experimental setup
The model developed was validated using both a pilot-scale and a full-scale gas upgrading
plant. The pilot plant is based at the Centre for Rural Development and Technology, IIT
Delhi, India and the full-scale operational plant in Tohana, Haryana, India. Both absorp-
tion columns are operated in counter-current mode, but have di↵erent geometries, work at
di↵erent pressures and flow rates, and use di↵erent packing types. The pilot-scale experi-
ments from IIT Delhi were conducted in a 3.0 m tall column filled with 15 mm metal Intalox
random packing (IMTP). The column contained a mist eliminator to remove moisture from
the outlet gas stream and a liquid distributor was located at the top of the column with
a re-distributor placed half way up the column to ensure an even liquid distribution. The
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Pressure Sensor
Mist Eliminator
Water In
Liquid Re-distributor
Random Packing IMTP
Compressed Raw Gas In
Water Sealing
Control Valve
Purified Gas Out
Level Sensor
Control Valve
Water with CO2 out
Packed Bed Length: 3.00 m
Packed Bed Diameter: 0.15 m
Working Pressure: 10 bar
Figure 2: Schematic of pilot scale absorption column taken from La¨ntela¨ and Luostarinen 26
15
input biogas stream is compressed to 10 bar and fed from the base of the column. Figure 2
shows a schematic of the pilot plant set-up, taken from La¨ntela¨ and Luostarinen.26
The full-scale operational plant in Tohana processes up to 60 m3 hr 1 of biogas produced
from the anaerobic digestion of cattle dung and local wastes. This upgrading unit does not
operate at an elevated pressure, but instead relies on a large water flow rate to absorb the
CO2. The ratio of gas flow rate to liquid flow rate is approximately 1:1, rather than the
ratio of approximately 5:1 operated by the pilot plant. The upgrading unit is over 10 m tall
and is filled with 25 mm plastic pall rings. Once upgraded the biogas is compressed into
cylinders. Table 3 lists the specifications of the two absorption columns.26
High liquid or gaseous velocities can result in the absorption column flooding, therefore the
column diameter needs to be large enough to prevent this. The flooding limit developed
by Billet and Schultes 27 was used in this model; with a recommended liquid design velocity
between 70 - 80% of this limit.27 In the case of the pilot-scale column the liquid velocity is
high, with a consequent possibility of flooding.
Results and discussion
Mass Transfer Coe cient Comparison
The rate-based mass transfer model was validated from the two absorption columns described
in the experimental set-up section. The output from the four di↵erent mass transfer coef-
ficient equations of Onda et al.,16 Wagner et al.,18 Mac´kowiak 19 and Billet and Schultes 17
is shown in figure 3. Figure 3a compares the predicted CH4 output concentrations for the
pilot-scale plant, and figure 3b for the low pressure, large-scale absorption column in Tohana.
The average output composition of biomethane from the pilot plant was 89% CH4 and 5%
CO2, with the remainder being air and water. In this model the mass transfer coe cient
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Figure 3: Comparison between mass transfer coe cients from literature and measured values
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correlation from Billet and Schultes gave the closest approximation, with a predicted CH4
output concentration of 90.7%. All of the relationships shown overestimated the CO2 mass
transfer, with the largest discrepancy being a CH4 output concentration of 92.6% based on
Wagner et al.
The Billet and Schultes equation also showed the closest match with the full-scale absorp-
tion column, with the predicted output CH4 concentration of 88.9% slightly lower than the
measured value of 91%. The other mass transfer coe cient equations showed a larger spread
of results for the low pressure column than the pilot-scale column. In this case both the
modern correlations from Wagner et al. and Mac´kowiak under-predicted the mass transfer,
while the correlation from Onda et al. slightly over-predicted the mass transfer.
Table 4 shows the pilot-scale experimental values and those predicted with the correlations
from Wagner et al. and Mac´kowiak. The interfacial areas calculated with these two equa-
tions are much larger than those from Onda et al. and Billet and Schultes. The equations of
Wagner et al. and Mac´kowiak are more sensitive to the superficial liquid velocity, which is
particularly high for the case of the pilot plant. This resulted in a large liquid hold-up and
for the case of Wagner et al. and Mac´kowiak a large e↵ective interfacial area.
Performance Index
A performance index (⇠) was used to quantify the e ciency of the CO2 removal for the
absorption process. The performance index is defined by equation 10 where yr and ye are
the mole fractions of CO2 in the raw and enriched biogas, respectively.
⇠ =
✓
1  ye/yr
1  ye/100
◆
(10)
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Figure 4 compares the performance index calculated with the mass transfer correlation
from Billet and Schultes and the measured values from the pilot-scale absorption column.
Throughout the experimentally tested range of liquid flow rates, the model shows good agree-
ment with the measured values, with a calculated r2 value of 61% between experimental and
modeled results.
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Figure 4: Performance index measured from pilot scale column and estimated from model
Sensitivity Analysis
A sensitivity analysis was conducted to identify the relative importance of the model input
parameters. Figure 5a shows the e↵ect on the calculated performance index after changing
each parameter by 10% from the values obtained using the Billet and Schultes equation.
The temperature was altered by 10 K rather than 10%, but this has the largest e↵ect on
the performance index. An increase in temperature reduces the solubility of CO2 in water,
and thus reduces the concentration di↵erence driving the mass transfer. The next most in-
fluential parameter on the performance of the absorption column is Henry’s constant. The
solubility of CO2 as represented by Henry’s constant is very sensitive to temperature change,
i.e. at 293 K a 10 K temperature increase results in a 26% change in Henry’s constant. The
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temperature also a↵ects several other parameters in the model, notably the di↵usivity and
viscosity of the biogas and water, although this has a minimal e↵ect compared to the change
in Henry’s constant.
The implications of the ambient temperature and the e↵ect this could have in upgrading
biogas and capturing CO2 in cooler conditions are further illustrated in figure 5b. The re-
duction in the CO2 removal e ciency, shown by the performance index, is greater at higher
temperatures. At ambient temperatures below 283 K the performance index is estimated
by the model to be approximately 0.99. This reduces to 0.96 and 0.90 at 293 K and 303 K,
respectively. With an input CO2 : CH4 ratio of 0.4 : 0.6, the temperature rise from 283 K
to 293 K would correspond to a 1% reduction in CH4 and a further 2% reduction between
293 K and 303 K.
As well as the temperature, the liquid density and surface tension also have noticeable in-
fluences on the performance index. An increase in density and reduction in surface tension
improve the mass transfer. The liquid density is incorporated into all of the mass transfer
coe cient correlations used in this work, and has a crucial role in calculating the liquid
holdup and flooding limit; while the liquid surface tension is used in the correlation from
Billet and Schultes to determine the wetted area of packing.
Interestingly, the correlations from Onda et al., Mac´kowiak and Wagner et al. all showed sig-
nificantly less sensitivity to the variation in the input parameters than the correlation from
Billet and Schultes. The greatest influence on the performance index for all the correlations,
however, was still from changes in temperature.
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Figure 5: Sensitivity analysis and temperature e↵ect on performance index
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Methane losses
The pilot-scale plant employs a CH4 recovery step, by treating the water exiting the absorp-
tion column in a flash tank where it is depressurised to approximately 2 bar. The large-scale
absorption column at Tohana operates under a lower pressure and this CH4 recovery step is
not necessary. Figure 6a and 6b show the e↵ect of the liquid flow rate and pressure on the
potential CH4 loss. Without a flash tank there can be substantial CH4 losses, with 6% of
input CH4 absorbing in the water at a pressure of 10 bar. Reducing the pressure below 5 bar
gives CH4 losses of around 3 %, in which case a CH4 recovery step may be less important
for energy potential, although still desirable in terms of reducing greenhouse gas emissions.
Persson 8 reported up to 18 % CH4 losses recorded in a water scrubbing plant working at
a pressure of 20 bar. This was operating without a flash tank and the measurements were
taken with a large margin of error. Persson reported that a flash tank would be expected to
reduce CH4 losses to under 2 %.
Energy Consumption
Table 5 compares the energy analysis from this work with the small number of studies pre-
viously reported in the literature. Persson and Berglund and Bo¨rjesson quote values for
biogas upgrading in general, and do not specify whether these are based on the water scrub-
bing process. Smyth et al. gives a value for water scrubbing, although the pressure of the
absorption column is not specified; while Jury et al. and Bauer et al. do not provide any
information on the flow rates used. Improvements in the e ciency of the upgrading process
should also be considered: the earlier work from Persson, Berglund and Bo¨rjesson quotes
a higher energy demand than the more recent studies of Jury et al. and Bauer et al. The
uncertainty surrounding the quoted energy requirements has resulted in a wide range of
reported energy values. Despite this, the experimental and simulated energy requirements
agree well with each other and fit within the range of values from the literature.
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The literature values from Berglund and Bo¨rjesson and Jury et al. were quoted as a percent-
age of the energy content contained in the output biomethane and input biogas, respectively.
For the purposes of converting this into kWh, the lower calorific value of CH4 was taken
as 32.8 MJ m 3 (at 298oK and 101.325 kPa).20 Using the above assumption the energy
demand of the absorption column was modeled to require 4.2 % of the energy contained in
the input raw biogas, compared to the measured value of 4.8 % in the pilot plant. This is not
directly comparable, however, as the absorption column requires electrical energy, and the
CH4 contains chemical energy. There are high losses in conversion to electrical energy, but
this approach can provide a useful check that the energy demands of the upgrading process
are not greater than the energy contained in the biomethane. When making a full energetic
and economic comparison the e ciency of conversion to useful energy, whether as electricity,
heating, or vehicle fuel, should also be considered.
Figure 7a shows the e↵ect of increasing the pressure in the absorption column on the energy
requirement and liquid flow rate. From 4 bar the energy input of the absorption column
increases with pressure. A significant proportion of the input energy is from the gas com-
pression. As the pressure increases, the increase in energy requirement reduces, similar to
the energy demand for a gas compressor. At a pressure of 2 bar, the liquid flow rate is high
and consumes a high proportion of the energy demand. This is dramatically reduced when
the pressure increases. With a gas flow rate of 20 m3 hr 1 the pilot plant requires a water
flow rate of 10.8 m3 hr 1 to achieve a 90% CH4 output at 2 bar pressure; at 4 bar this
reduces to 6.1 m3 hr 1 and at 8 bar this is 3.5 m3 hr 1.
Figure 7b shows the calculated gas velocity loading limits for the range of superficial liquid
velocities used in figure 7a. The superficial gas velocity in the pilot-scale absorption col-
umn is 0.032 m s 1. Operating at 70% of the flooding limit27 restricts the superficial liquid
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velocity to approximately 0.02 m s 1. With a column diameter of 0.3 m this results in a
maximum liquid flow rate of 1.4 ⇥ 10 3 m3 s 1. The column diameter could be increased,
similar to the low pressure absorption column in operation at Tohana. This would allow a
greater liquid flow rate, but would also increase the capital costs.
The energy requirement at the low pressure plant at Tohana with a gas flow rate of 50m3 hour 1
was estimated as 2.44 kWh Nm 3, with the vast majority of this from pumping 75m3 hour 1
of water. This gave a CH4 concentration of 92.5 %. This energy demand is an order of mag-
nitude greater than that of the pilot-scale plant, indicating that operating under atmospheric
pressure requires a substantially higher energy demand than operating at an increased pres-
sure.
Depending on the resources available, and whether water regeneration will be employed, a
compromise must be made between the energy usage and water requirement. To achieve
90% CH4 purity with pressures under 10 bar a substantially larger quantity of water and
a larger column would be required. If this water is readily available or can be recycled
back into the absorption column then operating at a lower pressure is feasible. Recycling
the water requires a CO2 desorption step using a flash tank or desorption column, with an
additional energy cost as shown in figure 8. The energy requirements of the flash tank and
desorption column are approximately equal, as the main energy demand is from pumping the
water, which is the same in both cases. Above 10 bar, the flash tank and desorption column
consume only a very small fraction of the energy demand, due to the low water requirement
at the higher pressure. When operating at a low pressure, the water demand is reduced
when operating with a flash tank and desorption column, although the energy demand will
increase, and below 4 bar this increase is dramatic.
If the biogas is to be compressed and stored at a high pressure after upgrading, it maybe
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beneficial to run the absorption column at a higher pressure. Figure 8 shows the energy
consumption for compression of the biomethane to 200 bar. When this is included, operat-
ing the absorption column under lower pressure gives smaller energy savings. It must also
be remembered that the capital and running costs for a column able to withstand a higher
operating pressure will be higher.
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Figure 8: Energy requirement to achieve 95 % CH4, including CH4 recovery, water regener-
ation and pressurisation for storage at 200 bar
Considering the absorption column only, operation at 4 bar had the lowest energy require-
ment to achieve a 95 % CH4 concentration. When storage of biomethane is necessary and
the energy demands of compression to 200 bar are included, operating the absorption column
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at 6 bar gave the lowest energy demand. When CH4 losses are recovered and the water is
regenerated with a flash tank and desorption column, operating at 8 bar showed the lowest
energy demand.
Similar results were found at di↵erent output CH4 concentrations, although at 80 % CH4 the
energy demand for operation at reduced pressures is lower, as the water quantity is reduced.
Above 20 bar there is a gradual increase in the total energy input. The lowest range in en-
ergy demand, including compression to 200 bar, is given by operating the absorption column
between 6 - 10 bar. It should be remembered that the energy model in this work does not
include all of the processes used to treat biogas before utilisation: many of these are depen-
dent on the input biogas quality and the design specifications for the output biomethane,
such as a pre-treatment to reduce the H2S concentration, or a post-treatment to remove
moisture. This model does, however, provide a detailed insight into the main processes that
a↵ect the energy demand in upgrading biogas by the water scrubbing technique.
Conclusion
A mass transfer rate-based model was developed to simulate and allow optimisation of the
input parameters of an absorption column for upgrading biogas. The model was validated
with data from two very di↵erent absorption columns. A sensitivity analysis highlighted the
significance that the ambient temperature has on the absorption of CO2 in water and on the
performance of the absorption column. For the process to achieve a 98% CH4 concentration
an energy requirement of 0.23 kWh Nm 3 was required, this was slightly lower than the
0.26 kWh Nm 3 reported for the pilot plant, but is an improvement on values and estimates
previously reported in literature. With CH4 recovery and water regeneration the simulated
energy requirements increase to 0.25 kWh Nm 3, and with pressurisation to 200 bar this
goes up to 0.35 kWh Nm 3. The model can provide a useful tool in the design and techno-
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economic analysis of CO2 capture and biogas upgrading processes.
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Table 1: Equations showing calculation for the mass transfer coe cients and e↵ective inter-
facial area. Parameters defined as per nomenclature
.
Correlation Reference
kG = 5.23
⇣
apDG
RT
⌘⇣
⇢GuG
apµG
⌘0.7
Sc(1/3)G (apdp)
 2 Onda et al. 16
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0.4
⇣
µLg
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⇡(✏ h)zC2PK Wagner et al.
18
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Mac´kowiak 19
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For ReL > 2
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L
⇣
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Table 2: Assumptions for calculating the energy requirement of the absorption column
Variable Value
Pump e ciency 60%
Isentropic e ciency 75%
Compressor mechanical e ciency 80%
Water pipe diameter 0.02 m
Water pipe length 5.0 m + column height
Head loss from water pipe bends 3.0 m
Colebrook White pipe friction factor 0.3
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Table 3: Overview of pilot-scale IIT Delhi and large-scale Tohana absorption columns used
to validate model, taken from La¨ntela¨ and Luostarinen 26
Pilot Scale Plant Operational Plant
IIT Delhi Tohana
Column height (m) 3.00 10.67
Column diameter (m) 0.15 0.90
Biogas flow rate (m3 hr 1) 20 60
Liquid flow rate (m3 hr 1) 3.6 - 4.4 65 - 75
Packing type 15 mm IMTP 25 mm Plastic Pall rings
Input CH4 (Volume %) 55 - 60 56 - 59
Input CO2 (Volume %) 35 - 40 34 - 40
Output CH4 (Volume %) 89 - 95 90 - 92
Output CO2 (Volume %) 3 - 7 3 - 7
Table 4: Modeled molar fraction of CO2 and CH4 using the mass transfer coe cient expres-
sions from Onda et al.,16 Billet and Schultes,17 Wagner et al. 18 and Mac´kowiak 19 for the
pilot scale absorption column
kL CH4 kL CO2 ↵ Output Output
(m2 m 3) CH4 (%) CO2 (%)
Onda et al. 16 2.97 x 10 4 3.06 x 10 4 205 91.8 1.1
Billet and Schultes 17 1.83 x 10 4 1.89 x 10 4 154 90.7 2.2
Wagner et al. 18 2.19 x 10 4 2.26 x 10 4 914 92.6 0.2
Mac´kowiak 19 2.37 x 10 4 2.45 x 10 4 664 92.5 0.3
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Table 5: Comparison of this work with reported literature values for the energy requirements
of water scrubbing (kWh m 3 (input)).
Reference Conditions Quoted Value Energy requirement
(kWh m 3 (input))
Persson 8 General value for
all biogas upgrading
techniques
0.30   0.60
kWh Nm 3 output
biomethane
0.48   0.95
kWh Nm 3 in-
put biogas
Berglund and
Bo¨rjesson 5
General value for
all biogas upgrading
techniques
11 % of energy
content in output
biomethane
0.60 kWh Nm 3 in-
put biogas ⇤
Smyth et al. 6 Water scrubbing,
pressure not speci-
fied
0.35 kWh Nm 3
output biomethane
0.55 kWh Nm 3 in-
put biogas
Jury et al. 7 Water scrubbing,
operating pressure:
8 bar
3% of energy content
in raw, input biogas
0.16 kWh Nm 3 in-
put biogas ⇤
Bauer et al. 4 Water scrubbing,
operating pressure:
6  8 bar
0.35 kWh Nm 3 in-
put biogas
0.35 kWh Nm 3 in-
put biogas
Pilot scale experi-
ment
Water scrubbing, 10
bar pressure, 96  
97% CH4
0.26 kWh Nm 3 in-
put biogas
0.26 kWh Nm 3 in-
put biogas
Modelled simulation Water scrubbing,
10 bar pressure,
98 % CH4
0.23 kWh Nm 3 in-
put biogas
0.23 kWh Nm 3 in-
put biogas
⇤Assumed lower calorific value for CH4 of 32.8 MJ m 3,20 biogas input CH4 concentration of 60 % and
biomethane output concentration 95 %.
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